Abstract The stacked beds comprising hydrotreating catalyst as the top layer, hydrocracking catalyst based on amorphous silica-alumina as the interlayer and hydrocracking catalyst based on USY zeolite as the bottom layer were tested in hydrocracking of mixed feed containing straight-run VGO, heavy coker gas oil, aromatic extract and petrolatum. It is shown that stacked beds with developed catalysts can be successfully used both in the once-through hydrocracking to provide VGO conversion of 70-80% with middle distillates yields up to 50 wt% and in the first stage operation of two stages hydrocracker to provide 35-65% VGO 
Introduction
Hydrocracking of heavy petroleum distillates is one of the key processes in oil refinery. Hydrocracking increases oil refining efficiency and provides the production of high-quality low-sulfur middle distillates and fractions, which are used as a feed for other processes such as reforming and catalytic cracking [15] . Hydrocracking catalysts are bifunctional systems with hydrogenating and acid sites. Supported Ni-Mo(W)-S component performs hydrogenation and hydrodesulfurisation reactions, while acidic support, usually based on amorphous silica-alumina (ASA) or zeolites, performs cracking and isomerization reactions [1] . For the second stage of hydrocracking, when the feed with low-sulfur and nitrogen content (as a rule, less than 10 ppm) is used, Pt and Pd bifunctional catalysts may be effective [5] .
Zeolite catalysts are widely used for vacuum gas oil (VGO) hydrocracking, since they are more active and allow the process to be carried out at lower temperatures. Catalysts based on ASA are less active but provide higher selectivity to middle distillates [3, 17] . Zeolite catalysts cannot be used separately for hydrocracking of non-pretreated VGO, since heteroatomic compounds, containing in non-pretreated feed, rapidly deactivate the acid function of zeolites. They should be loaded either as the bottom catalyst bed, with hydrotreating catalyst bed being on the top of the reactor in the case of layer-by-layer loading, or in the second reactor, if a hydrotreating catalyst is loaded in the first reactor [2, 11] . Hydrogenation and partial cracking of polyaromatic compounds along with transformation of nitrogen-containing compounds, which poison zeolite catalysts, occur in the first reactor or in the first catalyst bed. When a catalyst based on ASA is used separately for VGO hydrocracking, higher yield of middle distillates is achieved. However, stacked beds become more popular due to higher activity and stability and improved quality of desired products-middle distillates, particularly higher cetane number for the diesel fuels and higher smoke point for the kerosene [6, 17] . In this work, we study the influence of USY zeolite content on the properties of hydrocracking catalyst and the activity and selectivity of stacked bed in vacuum gas oil hydrocracking to achieve the maximal yield of middle distillates. The stacked bed contains hydrotreating catalyst as the top layer, hydrocracking catalyst based on amorphous aluminosilicate as the interlayer and hydrocracking catalyst based on zeolite as the bottom layer.
Experimental
AlOOH pseudoboehmite produced by ISCZC (Russia), H-USY zeolite, obtained from microcrystalline zeolite NaY, and amorphous aluminosilicate ASA were used for the preparation of supports. ASA was prepared by the method of sequential precipitation according to the technique described in [4] . H-USY preparation procedure included nearly complete removal of sodium ions by ammonium exchange with subsequent dealumination by thermal treatment with water vapor.
Four supports with USY content from 10 to 40 wt% were prepared by mixing of USY zeolite and AlOOH with extrusion of obtained paste using plunger extruder. The obtained trilobe extrudates were dried at 120°C and calcined at 550°C. The Al 2 O 3 and ASA-Al 2 O 3 supports were prepared by the same procedure.
NiMo/USY(x)-Al 2 O 3 (where x-USY zeolite content in the support) were prepared by impregnation with aqueous solution prepared from nickel carbonate, ammonium heptamolybdate and citric acid. Impregnated catalysts were dried at 120°C and calcined at 550°C. NiMo/Al 2 O 3 catalyst, which was used as a first layer in a stacked bed, was prepared using similar impregnation solution but without calcination after drying at 120°C [8] . Ni and Mo content in NiMo/Al 2 O 3 catalyst was 3.7 and 12.5 wt% respectively. BET surface area was 148 m 2 /g and pore volume was 0.36 cm 3 /g with average pore diameter of 104 Å. NiW/ASAAl 2 O 3 catalyst, which was used as a second layer in a stacked bed, was prepared by impregnation with aqueous solution prepared from nickel carbonate, ammonium paratungstate and citric acid with subsequent drying at 120°C and calcination at 550°C [13] . Ni and W content in NiW/ASA-Al 2 O 3 catalyst was 3.1 and 17.4 wt% respectively. BET surface area was 207 m 2 /g and pore volume was 0.51 cm 3 /g. Elemental analysis of catalysts was carried out using atomic emission spectroscopy with inductively coupled plasma on Optima 4300 DV. Textural properties of the catalysts and supports were determined by nitrogen physisorption using an ASAP 2400 Micrometrics instrument. HRTEM images were obtained on a JEM-2010 electron microscope, JEOL. Bulk crushing strength (BCS) according to Shell SMS 1471 or analogous standard ASTM method 7084-4 was measured using Bulk Crushing Strength instrument, VINCI Technologies.
Testing in hydrocracking of vacuum gasoil was carried out in a high-pressure trickle-bed unit. Catalyst trilobe granules with a length of 3-6 mm and without defects were used for reactor loading. The total volume of the catalysts in reactor was 60 cm 3 : first layer-NiMo/Al 2 O 3 20 cm 3 ; second layer-NiW/ASA-Al 2 O 3 20 cm 3 ; third layer-NiMo/USY(x)-Al 2 O 3 20 cm 3 . To minimize a breakthrough of the feed through a catalyst bed, catalyst granules were mixed with SiC. A mixed feed, comprising straight-run VGO (69 wt%), heavy coker gas oil (22 wt%) and fractions from solvent extraction unit (aromatic extract-7 wt%) and solvent dewaxing unit (petrolatum-2 wt%), was used as a feed. The content of sulfur and nitrogen in the feed was 0.97 and 0.11 wt% respectively. Catalysts were sulfided in situ at a pressure of 3.5 MPa using the mixture of straight-run gas oil, dimethyl disulfide and aniline. The catalyst loading and sulfidation procedures are thoroughly described in [6] . Hydrocracking tests were carried out at a pressure of 16.0 MPa, a liquid hourly space velocity (LHSV) of 0.71 h −1 and H 2 to oil ratio of 1500 (v/v). The temperature in the reactor was 360°C during the first 12 h, and then the temperature was increased up to 390°C and higher. Each experimental temperature (390 and 410°C) was maintained for 192 h to ensure that steady state conditions were reached. Gas effluent from the separator was analyzed by gas chromatography using FID and capillary column. Liquid products were analyzed by SIMDIS-GC in accordance with the ASTM D7213 standard test method. Product yields were defined by summing up an amount of fractions, determined by SIMDIS-GC, and an amount of fractions from the gas effluent from the separator. According to ASTM D86, liquid samples were fractioned by distillation at atmospheric pressure into naphta (<130°C), middle distillates (130-360°C) and unconverted oil (>360°C). Sulfur content in middle distillates was measured by ultraviolet fluorescence on Xplorer-NS, TE Instruments. The conversion and selectivity to middle distillates were calculated as in [6] . The results of catalyst testing are reported from the average of several gas and liquid product samples taken from 144 to 192 h on stream.
Results and Discussion
The stacked bed, which comprises a layer of zeolite catalyst, can be successfully used in the once-through VGO hydrocracking only in the case, when previous catalyst layers provide the feed quality that does not result in rapid deactivation of zeolite-containing catalyst. Accordingly, layers for preliminary hydrotreating/mild hydrocracking occupy most part of a catalyst bed, while the part of zeolite catalyst does not exceed 40% of the bed volume. To achieve the maximum yields of desired middle distillates, zeolites with low acidity should be used. Typical example of such material is dealuminated zeolite Y with high silica modulus [9, 17] . Zeolites with a silica modulus higher than 20 provide the optimal acidity for hydrocracking. According to the NMR data, framework SiO 2 /Al 2 O 3 ratio for USY used in this work is 27.4. Thus, the USY sample is characterized by the high dealumination degree and appropriate for the preparation of hydrocracking catalysts. The internal and external surface area of USY sample is 551 and 64 m 2 /g respectively. The data on particle morphology of USY sample and USY(40)-Al 2 O 3 support were obtained by HRTEM (Fig. 1) . The initial pseudoboehmite (HRTEM images not shown), which is used as a binder, has needle-shaped particles [7] . This morphology provides high bulk crushing strength of the obtained supports. According to HRTEM data, the USY zeolite has high crystallized particles with prismatic shape. The average crystal size of for USY zeolite less than 500 nm is obtained by the preparation procedure and provides low steric hindrance for bulky molecules transformation during VGO hydrocracking. Mesopores formed by framework dealumination can be observed on HRTEM images. Besides, an amorphous layer at the exterior surface of the zeolite particle is noticeable. On HRTEM images of USY (40)-Al 2 O 3 support (Fig. 1 ) the areas related to USY zeolite and Al 2 O 3 are observed. Alumina in USY(40)-Al 2 O 3 support has needle-shaped particles, similar to initial pseudoboehmite [7] . The surface of zeolite crystals in the support is decorated with alumina. However, from HRTEM data it can be assumed that the zeolite morphology remains unchanged in comparison with initial zeolite powder.
The composition and textural characteristics of USY-containing supports are given in Table 1 The elemental analysis data, textural characteristics and bulk crushing strength of the catalysts are given in Table 2 . In all the cases the catalysts with the bulk crushing strength higher than 1.2 MPa were obtained. This value is sufficient for industrial application. Incorporation of Ni and Mo in the supports leads to the decrease of the surface area by 46-71 m 2 /g comparing with the initial support. The pore volume of all catalysts is similar and from 0.08 to 0.16 cm 3 /g lower than the pore volume of corresponding supports.
Nitrogen adsorption-desorption isotherms for the supports are attributed to pseudo-type II isotherms with hysteresis loops of type H3 [16] . The adsorption-desorption isotherms have narrow hysteresis loop, which indicates the wide pore size distribution in the supports. The increase of zeolite content in the support virtually have no influence on the form of adsorption-desorption isotherms and hysteresis loops. Nitrogen adsorption-desorption isotherms for the catalysts have similar form as for the supports. The increase of the width of hysteresis loops at P/P 0 = 0.4-0.6 indicates the presence of micropores in the obtained catalysts. Pore size distributions of the USY-Al 2 O 3 supports in comparison with corresponding NiMo catalysts are shown in Fig. 2 . The assessment of the pore size distribution was made by adsorption branch of isotherm, since no plateau is apparent at high P/P 0 . The obtained supports have similar pore size distribution. The supports are characterized by bimodal pore size distribution with pores of less than 4 nm diameter and mesopores with 4-25 nm diameter.
Preparation of catalysts using citric acid prevents undesirable penetration of metals in narrow pores of a support, thus active component is localized in pores with diameter higher than 5 nm [12] . According to obtained results, supported metals are preferentially localized in the pores with diameters higher than 6 nm (Fig. 2) . It is confirmed by the decrease of the volume of these pores after supporting of Ni and Mo. As it was observed previously [6] , the catalyst preparation were tested in VGO hydrocracking. Weight yields of each fraction and sulfur content in the middle distillates are given in Table 3 . The dependence of selectivity to middle distillates on conversion of VGO is shown in Fig. 3 . Selectivity to middle distillates was referred to the fraction 130-360°C in the product mixture. The conversion of VGO at 390°C was between 29 and 38 wt% for all catalysts and middle distillates yield did not exceed 32 wt%. Increase of the process temperature to 410°C leads to the significant increase of VGO conversion and middle distillates yield. However, toughening of hydrocracking process conditions inevitably results in undesirable gas formation. This effect was more pronounced for the catalysts with higher USY content, which have lower selectivity. In our case NiMo/ USY(10)-Al 2 O 3 catalyst, containing 10 wt% of USY in the support, showed the highest selectivity to middle distillates (Fig. 3 ) at minimal gas formation (Table 3) . However, VGO conversion was the lowest: at 410°C VGO conversion was less than 60%. Comparing properties of hydrocracking catalysts at higher temperatures is not reasonable because of significant increase of thermal (non-catalytic) cracking rate [14] and deactivation rate of catalysts [10] . Besides, when the zeolite content of the hydrocracking catalyst is relatively low (˂15 wt%), the non-zeolitic component of the catalyst can have a substantial impact on activity and selectivity [17] .
The highest conversion of 88% was achieved on the catalyst with maximum USY content. At the same time the selectivity to middle distillates was the lowest and gas yield was more than 8 wt%. Although, VGO conversion on NiMo/USY (20)-Al 2 O 3 catalyst was lower than on the catalysts with higher zeolite content at the same hydrocracking temperature, the middle distillates yield was slightly higher and exceeded 47 wt% at temperature of 410°C along with reasonable gas formation (Table 3) . It should be noted that the middle distillate fraction yield did not exceed 50 wt% for all stacked beds with zeolite-containing catalysts because increase of VGO conversion is accompanied by the increase of gas and naphta yield and drastic decrease of selectivity of NiMo/USY-Al 2 O 3 catalysts. Sulfur content in the obtained middle distillate fractions did not exceed 10 ppm at 410°C process temperature and was between 9 and 12 ppm for 390°C (Table 3) . process temperature and from 6 to 9 ppm at 410°C. Stacked beds with developed catalysts can be successfully used in the once-through hydrocracking to provide VGO conversion of 70-80% and middle distillates yields up to 50 wt%. Besides, such stacked beds can be used in the first stage operation of two stages hydrocracker to provide 35-65% VGO conversion and produce high-quality middle distillates and feed for the second stage.
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